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An environmentally friendly method for electrochemically regenerating alkali-sorbent (NaOH) and recovering sulfur in the
flue gas as H2SO4, while producing H2 as a clean energy source from flue gas desulfurization (FGD) residuals in an electro-
membrane reactor, was proposed in this article. To optimize and improve the performance, the optimal operating conditions
were deduced from the numerical simulation and validated using experimental data. Under the optimized conditions, the cur-
rent efficiencies of alkali-sorbent regeneration and H2SO4 reached 84 and 87%, respectively, which is comparable to those
obtained in the chlor-alkali industry. Therefore, this method has the potential to be scaled up. If this technology is integrated
into an existing FGD facility, the money-consuming chemical process could be transferred into a renewable resource and
clean energy conversion process. VC 2014 American Institute of Chemical Engineers AIChE J, 60: 2613–2624, 2014
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Introduction

Conventionally, commercial-scale flue gas desulfurization
(FGD) technologies can be classified as once-through and
regenerable depending on whether the spent sorbent is dis-
posed.1 In once-through technology, the spent sorbent is
mainly discarded as a waste sludge or used as a by-product
if possible, whereas the spent sorbent is regenerated and SO2

is released from FGD residuals to yield sulfuric acid or ele-
mental sulfur in regenerable technology.2 Both once-through
and regenerable processes can be further classified as wet
and dry.3 The main restraint of once-through FGD technol-
ogy is the generation of huge amounts of waste sludge.
Regenerable processes are preferable to once-through proc-
esses in terms of FGD residual decomposition and sorbent
regeneration, but the installation is expensive and the opera-
tion is complex.4

Electromembrane processes, such as electrodialysis, electro–
electrodialysis, and membrane electrolysis, have been devel-
oped considerably in industry, especially in the desalination of
brackish water and chlorine–alkaline electrolysis.5–7 In the
past few decades, many of these techniques used in practical
applications or laboratory studies directly focus on the
removal of hazardous materials in effluents or gases, the
recovery and reuse of valuable constituents from wastes,
closing the loops in technology and new production proc-
esses that require lower energy consumption.8 In this study,
an electromembrane reactor was developed to efficiently

regenerate sodium alkaline sorbent (NaOH) from FGD resid-
uals in semidry or dry FGD processes. Subsequently, regener-
ated sodium hydroxide was used and recycled as a scrubbing
agent for desulfurization, and elemental sulfur was recovered
in the form of sulfuric acid while producing hydrogen as a
clean energy. Figure 1 provided a simple block flow diagram
showing all of the inputs and outputs of the designed process.
This electrochemical regeneration is a feasible method to dis-
pose FGD residuals and also a green technique because the
only reagent is electrons, with little or no secondary pollution.
Furthermore, the electromembrane reactor can use the surplus
electricity from a power plant or inexpensive off-peak elec-
tricity, which will decrease the operation cost.9,10

To improve the reactor performance and optimize the oper-
ating parameters, the electrochemical regeneration process in
the electromembrane reactor must be accurately analyzed,
which requires complex computations.11 Many studies have
investigated the concentration profiles, potentials and ion fluxes
of membrane electrolysis and its related systems using the
Nernst–Planck (NP) approach.12–15 A few recent works were
used to optimize the behaviors of electromembrane processes
for recovering valuable materials from FGD residuals. In this
article, the mass transfer, overall potential distribution across
the stack, gas-evolving electrodes, and current efficiency were
discussed in detail. The effects of different factors, such as cur-
rent density, feed flow rate, and initial electrolyte concentra-
tions, were evaluated to obtain the optimized parameters.

Experimental

Materials and reagents

All reagents were purchased from the Shanghai Chemical
Reagent Co. (China) and were reagent-grade or better.
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Deionized water was used throughout the experiments to pre-
pare the sample solutions. The practical desulfurization
residuals were obtained from a semidry FGD of a Shandong
Zaozhuang power plant using NaOH as the scrubbing agent.
The detailed analysis of the residuals shows that it contained
82% Na2SO4 and 11% Na2SO3 by weight. The rest of the
sample was composed by the oxides of Si, Fe, Al, and Ca.
Before the aqueous solution of FGD residuals was intro-
duced into the electromembrane reactor, most of calcium
and magnesium including some soluble impurities were
removed by chemical precipitation with NaOH in the pri-
mary brine treatment system, as shown in Table S1 in the
Supporting Information. Therefore, for simplicity, the simple
test solution of Na2SO4 was used as simulation solution of
FGD residuals in the modeling and lab-scale experiments.

The volume of gaseous hydrogen was measured by the
gasometrical method, wherein the gaseous hydrogen was
trapped in a vessel filled with water that was itself pushed
out when the hydrogen filled the tank. Therefore, the volume
of hydrogen gas can be determined by simply measuring the
volume of the displaced water.

Furthermore, all the experiments were conducted three
times to check the reproducibility of the results, and the
agreement between successive experiments was within 65%.
The entire numerical simulation and calculation can be per-
formed with Wolfram MathematicaVR 8 (Wolfram Research)
and MS Excel (Microsoft Corporation).

Electromembrane reactor

A lab-scale electromembrane reactor was developed, as
shown in Figure 2. The reactor was composed of an anode
(26 3 13 cm) and a cathode (26 3 13 cm) placed 1.5 cm
apart from one another and 3.0 cm from the reactor wall.
Ti–IrO2 was chosen as the anode and Ti as the cathode for

the electrochemical reactor. The reactor was divided into
three compartments by a cation-exchange membrane (JCM-
II, Wuxi Jianyi Co., Wuxi, Jiangsu, China) and an anion-
exchange membrane (JAM-II, Wuxi Jianyi Co.). The effec-
tive surface area of each membrane was 338 cm2, and the
other properties of the membranes were introduced in Table
1. In this lab-scale setup, Na2SO4, H2SO4, and NaOH solu-
tions were introduced into the corresponding compartments
and the reactor was operated in a batch mode by continuous
recycling via three peristaltic pumps (Baoding Longer Preci-
sion Pump Co., China). A direct current (DC) voltage-
stabilized power supply (Shanghai Liyou Electrification Co.,
China) was used to control the potential.

Theoretical basis

Summary. When the designed electromembrane reactor in
this study was charged at a constant current density, the Na1

and the SO 22
4 in the middle compartment migrated through

the cation-exchange membrane and anion-exchange mem-
brane, respectively, based on the selective permeability of the
membranes. The oxygen and hydrogen evolution reactions
(HERs) are the main reactions during electrochemical separa-
tion and regeneration, as shown in following equations.

Cathode : 4Na 114H 2O14e ! 4NaOH12H 2 " (1)

Anode : 2SO 4
2212H 2O! 2H 2SO 41O2 " 14e (2)

Overall reaction : 2H 2O! 2H 2 " 1O2 " (3)

The basic expression of the overall potential for a single
cell is shown in Eq. 4

Ecell 5Eeq 1ga1ð2gcÞ1IRm1IRs (4)

where Eeq is the theoretical equilibrium potential (V) of the
cell; ga (V) and gc (V) are the overpotential on the anode

Figure 1. Schematic diagram of the designed electrochemical process for recycling and resource recovery of FGD
residuals.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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and cathode, respectively; and IRm and IRs are the voltage
losses associated with the conductivity of the membranes
and electrolyte, respectively. The IR loss is called the ohmic
overpotential.

Ideally, an electrochemical process features high current
efficiency. The current efficiency of H2SO4 and NaOH can
be calculated as follows

H2SO4 : g5
2ðCt2C0ÞVF

It
(5)

NaOH : g5
ðCt2C0ÞVF

It
(6)

where Ct and C0 (mol L21) are the concentration of the acid or
base at time t and 0, respectively; V (L) is the circulated vol-
ume of solution, that is, 0.70 L in the lab-scale reactor; F is the
Faraday constant (96,485 C mol21); and I (A) is the current.

Equilibrium Potential. As mentioned earlier, the overall
electrochemical reaction is the electrolysis of water, shown in
Eq. 3. It is assumed that the cell consisted of a titanium electrode
and a Ti–IrO2 electrode submerged in the electrolyte. The elec-
trochemical process would occur if a voltage drop greater than
its electromotive force were applied to the cell. The electromo-
tive force can be calculated by the Nernst equation.

In an electrochemical cell, the overall electromotive force
can also be defined as the potential difference between the
anode (Ean) and cathode (Ecat).

16 This potential difference is
related to the Gibbs energy change as shown in Eq. 7

DG52nFE52nFðEan 2EcatÞ (7)

The Gibbs energy is related to the entropy by
DG5DH2TDS, where H is the enthalpy, S is the entropy,
and T is the temperature of the system. Under standard
conditions, the standard cell electromotive force can be
expressed by E052DG0=nF. To achieve hydrogen and oxygen
production by water electrolysis, an equilibrium cell voltage,

also called the reversible electromotive force, must be over-
come. The equilibrium potential, Eeq (standard conditions,
25�C, 1 bar) is equal to 1.23 V using the literature values of the
standard-state entropy change for the overall reaction.17 How-
ever, because of the activation energy barrier, the low reaction
rate and bubble formation, an overpotential (g) above the equi-
librium cell voltage is needed to excite the inherently slow elec-
trode reactions, even when the equilibrium potential is met.18

Cathode Overpotential. The widely accepted mechanism
of HER in alkaline solution consists of the following three
steps involving the formation of absorbed hydrogen on the
cathode surface.19,20

Volmer step : H2O1M1e2 $ MH ads 1OH2 (8)

Heyrovsky step : H2O1MH ads 1e2 $ H21M1OH2 (9)

Tafel step : MH ads 1MH ads $ H212M (10)

where M represents the active site of the metal on the elec-
trode surface and MHads is the hydrogen absorbed on the
electrode surface. Based on these three steps, the Volmer–
Tafel or Volmer–Heyrovsky (V–H) reaction sequences are
the possible mechanisms.21 Thus, for the V–H mechanisms,
neglecting Tafel step, the rate equations for the correspond-
ing V–H steps are

v15k1ð12hÞaH2O exp ð2a1fEÞ2k21haOH2 exp ½ð12a1ÞfE� (11)

v25k2haH2O exp ð2a2fEÞ2k22ð12hÞaOH2 exp ½ð12a2ÞfE� (12)

i

F
5v11v2 (13)

where h is the coverage of the absorbed intermediate Hads; E
is the electrode potential; ai (i 5 1, 2) is the symmetry factor;
k1 and k2 are the rate constants in the forward direction; k21

and k22 are the rate constants in the backward direction, and
f is equal to F/RT. Previous studies have concluded that the

Figure 2. Schematic diagram of a lab-scale electromembrane reactor. (1, 2, 3) Reservoir of H2SO4, NaOH, and
Na2SO4, respectively; (4, 5, 6) Peristaltic pump.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Table 1. The Properties of the Ion-Exchange Membranes Used in the Designed Reactor

Membrane
Thickness

(mm)
Exchange capacity

(meq/g)
Water

content (%)
Area resistance

(X cm2)
Transport

number (%)
Average LCDa

(mA cm22)

JCM-II 0.20 1.8–2.0 33–38 3–6 85–90 7.4
JAM-II 0.20 1.6–1.8 22–24 6–10 90–95 7.4

aThe average limiting current density (LCD) of the membrane was determined with a certain electrolyte concentration ranging from 0.35 to 1.40 mol L21 and
different retention times in this study.
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HER proceeded through V–H mechanisms and was con-
trolled by a Heyrovsky step.19,20,22 Therefore, the kinetic
expression can be written as Eq. 14, assuming that the Heyr-
ovsky step is the rate-determining step (RDS) and that the
Volmer step is at quasiequilibrium

i

F
5k2haH2O exp ð2a2fEÞ2k22ð12hÞaOH2 exp ½ð12a2ÞfE� (14)

At the equilibrium electrode potential, Eq. 14 can be
rewritten as Eq. 15

io
F

5k2heaH2O exp ð2a2fEeÞ5k22ð12heÞaOH2 exp ½ð12a2ÞfEe� (15)

where io is the exchange current density, which is related to
the nature of the electrode materials; he is the equilibrium
coverage of absorbed Hads, and Ee is the equilibrium elec-
trode potential. Dividing Eq. 14 by Eq. 15 yields

i5io
h
he

exp ð2a2f gcÞ2
12h
12he

exp ½ð12a2Þfgc�
� �

(16)

where gc is the overpotential at the cathode and gc5E2Ee.
This analogous derivation of the Butler–Volmer equation
describes the HER kinetics. From the equation above, at a
large negative overpotential, e2a2fgcat � eð12a2Þfgcat and the
expression of gc can be approximated as Eq. 17

2gc5
RT

a2F
ln

i

ic; o

2ln
h
he

� �
(17)

Anode Overpotential. The oxygen evolution reaction
(OER) mechanism, which depends on the oxide composition
and the potential range, is more complex than the HER.
Generally, the most accepted mechanism for the OER in
acid media is as follows23

S1H2O! SAOHads 1H11e2 (18)

SAOHads ! SAOads 1H11e2 (19)

SAOHads 1SAOHads ! SAOads 1H2O (20)

SAO! 1=2O21S (21)

where S is the active site on the anode oxide surface and
SAOHads and SAOads are two intermediates. Reactions 19
and 20 are alternatives, and the occurrence of one or the
other depends on the bond strength of the intermediate. In
the high-potential domain, reaction 18 may be substituted by
the following two steps23,24

S1H2O! SAOH�ads 1H11e2 (22)

SAOH�ads ! SAOHads (23)

where SAOH�ads and SAOHads have the same chemical
structure but different energy states. Both reactions 22 and
23 have been reported as the OER mechanism when the
other reactions were fast.23–25 At high potentials, reaction 22
is generally considered as the RDS.24 Therefore, the kinetic
equations of the OER can be derived as Eq. 24, in which h*

is the coverage of the SAOH�ads intermediate and h�e is the
corresponding equilibrium coverage

i5io

12h�

12he
� exp ðb1f gaÞ (24)

Rearranging the equation above, the anode overpotential,
ga, can be described as follows

ga5
RT

b1F
ln

i

ia;o
2ln

12h�

12he
�

� �
(25)

where b1 is the symmetry factor and ia,o is the exchange cur-
rent density of the anode. By comparison with the Tafel
equation in the literature,16 a term related to surface cover-
age was added into the expressions of ga and gc.

Ohmic Overpotential. The electrical resistances lead to
the waste of electrical energy in the form of heat according
to Ohm’s Law. In the proposed electromembrane cell, the
electrical resistances mainly consisted of two parts: the
resistance in the electrolyte due to the ion transfer and for-
mation of gas bubbles and the resistance of the membranes.

First, the IR drop within the electrolyte solution is
obtained by the following Eq. 26

IRs5il=j (26)

where i is the current density (A cm22); l (cm) is the spac-
ing of the compartment, wherein the cathode chamber is 3
cm, the anode chamber is 3 cm, and the middle chamber is
1.5 cm; j (X21 cm21) is the conductivity of the electrolyte.
Because the flow field of the electrolyte influences the ionic
transfer, temperature distribution and bubble size, the con-
vective mass transfer and bubble effects should be consid-
ered. In particular, the bubble effects will reduce the
effective area of the electrodes and decrease the conductivity
of the electrolyte. Thus, an empirical equation was intro-
duced to estimate the effects of the bubbles on the electro-
lyte conductivity26

j5joð12eÞ3=2
(27)

where e is the void fraction caused by bubble formation and
jo, calculated by Eq. 28, is the conductivity of the gas-free
solution27

jo5KCb5 K8ðtÞ2AðtÞ m0:5

11Bm0:5

� �
Cb (28)

where K� (cm2 X21 mol21), a function of temperature, is
the molar conductivity at infinite dilution; Cb is the molar
concentration of the electrolyte in the bulk solution; A(t) is a
function of temperature; B is the empirical constant; and m
is the molality of the electrolyte in the bulk solution. There-
fore, the IR drop within the electrolyte can be estimated by
the equation sequence from Eqs. 26 to 28.

The resistance to the ion flow in the membrane can be
defined as Eq. 29

IRm5id=jm (29)

where d (cm) is the average thickness of the membrane and
jm (X21 cm21) is the membrane conductivity, which is a
complicated function of water content, the nature of the
membrane, ionic form, pH, and the operating parameters,
such as temperature, the concentration of the electrolyte in
contact with the membrane, and the current density. An
empirical expression for Nafion membrane resistivity was
proposed by Mann et al.28 and is shown in Eq. 30

jm5
1

rm

5
ðk20:63423iÞexp 4:18ðT2303

T Þ
� 	

181:6½110:03i10:062 T
303


 �2
i2:5�

(30)

where k is an adjustable parameter with a maximum possible
value of 23. This parameter will be influenced by the
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membrane preparation procedure and may be a function of
the relative humidity, stoichiometric ratio of the feed gas,
and time-for-service of the membrane.28 T is the cell temper-
ature in kelvin. In this article, Eq. 30 was used to estimate
the value of jm. Therefore, the IR drop of the membrane can
be estimated by Eqs. 29 and 30.

Mass Transfer. The optimization of an electrochemical
process is based on a number of parameters, such as spacer
configuration, membrane properties, feed and production
concentration, feed flow velocity, and current density.29

Current is the driving force of the electromigration of
charged species in the membrane electrolysis processes.
Here, for simplicity, it was assumed that the electrolytic
process and mass transfer in the electromembrane reactor
occurred in a one-dimensional column along the x-axis. In
this study, the NP equation was used to describe the ionic
transport, including diffusion and electromigration. Some
other assumptions included the following: (a) boundary
layers adjacent to the membranes were uniform and static,
(b) the bulk solution in the chamber was completely mixed
such that the concentration at any position of the electrolyte
in this ozone was similar, (c) the distribution of current and
pressure was uniform, and (d) there were no solution lea-
kages in the membranes.

For linear mass transport, the flux of a certain mobile
ionic species can be expressed as Eq. 31

Ni52Di
@Ci

@x

� �
2

ziF

RT
DiCi

@u
@x

� �
1Ciu (31)

where Ni, Di, Ci, and zi represent the flux of a mobile ionic
species, the diffusion coefficient, the concentration of com-
ponent i, and the charge of the ionic species, respectively.
F is the Faraday constant, R is the universal gas constant, T
is the absolute temperature, u is the electrical potential, and
u is the flow velocity. The terms on the right-hand side rep-
resent the contributions of diffusion, migration, and convec-
tion in turn. Species i can be Na1, SO 22

4 , H1, or OH2,
which are referred to species 1, 2, 3, and 4, respectively.
The flux of species i contributed by migration can be writ-
ten as Eq. 3230

tij

ziF
5

ziFDi

RT
Ci
@u
@x

(32)

where ti is the transference number of species i, and j is the
current density (to distinguish between the subscript i and
current density). The ion flux through the membrane was
represented as the sum of the migration and diffusion as
follows13

Nm5
tmi

F
1Nm;d 5

tmi

F
1

DmDC

dm

(33)

where tm is the ion transport number in the cation- or anion-
exchange membrane, Dm is the diffusion coefficient in the
membrane, DC is the concentration difference, and dm is the
average thickness of the membrane.

Therefore, the mass balance in the electromembrane proc-
esses can be expressed by the following equations.
Cathode chamber

Vcat

dC1;cat

dt
5QC1;in 2QC1;cat 1

t1;mI

F
1

AmD1;mðCs
1;mid 2Cs

1;catÞ
dc

(34)

Anode chamber

Van

dC2;an

dt
5QC2;in 2QC2;an 1

t2;mI

2F
1

AmD2;mðCs
2;mid 2Cs

2;anÞ
da

(35)
Middle chamber

Vmid

dCi;mid

dt
5QCi;in 2QCi;mid 2

ti;m I

ziF
2

AmDi;m ðCs
i;mid 2Cs

i;chamberÞ
dm

(36)

Reservoir of NaOH

VT

dC1;in

dt
5QC1;cat 2QC1;in (37)

Reservoir of H2SO4

VT

dC2;in

dt
5QC2;an 2QC2;in (38)

Reservoir of middle chamber

VT

dCi;midin

dt
5QCi;mid 2QCi;midin (39)

where Cs
i;mid is the concentration of species i at the mem-

brane surface in the middle chamber; Cs
1;cat and Cs

2;an repre-
sent the concentration of Na1 and SO 22

4 at the membrane
surface in the cathode chamber and anode chamber, respec-
tively; Vcat, Van, Vmid, and VT are the volumes of cathode
chamber, anode chamber, middle chamber, and reservoirs,
respectively; and Q is the fluid flow rate.

The concentration gradient at the membrane interfaces is
proportional to the current density as shown in Eq. 40:31

@C

@x

� �
x50

52
ðti;m2tiÞi

ziFDi
(40)

The concentrations at the membrane surfaces can be
deduced from Eq. 40 as follows

Cs
1;cat 5C1;cat 1

iðt1;m2t1Þd
D1F

(41)

Cs
1;mid 5C1;mid 2

iðt1;m2t1Þd
D1F

(42)

Cs
2;an 5C2;an 1

iðt2;m2t2Þd
2D2F

(43)

Cs
2;mid 5C2;mid 2

iðt2;m2t2Þd
2D2F

(44)

Results and Discussion

Overall potential distribution

Table 2 shows the values of the model parameters
involved in the computer prediction. The overall potential
distribution was calculated by Eqs. 4, 17, and 25–30 as
shown in Table 3. All calculated values for the overall
potential drop were similar to the experimental data, with a
maximum deviation of less than 10%. There was a compara-
ble increase in the IR drop across the electrolyte and mem-
branes, and the increases of the overpotentials of the
electrodes were small. Conversely, it was evident that the IR
drop across the electrolyte and membranes both increased
with increasing current, corresponding to lower energy effi-
ciency. Consequently, appropriate membrane selection and a
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low voltage drop over the electrolyte solution were critical
for guaranteeing the high efficiency of the designed reactor.

In addition to electrode, membrane, and electrolyte, the
design and optimization of an electrochemical process
involve a number of parameters, such as feed flow rate, feed
concentration, and current density.37 To optimize the per-
formance of the developed reactor, the following series of
experiments were executed with controlled single variables.

Electrochemical regeneration

In the present experiments, a Na2SO4 solution with differ-
ent initial concentrations was introduced into the middle
chamber of the electromembrane reactor by a peristaltic
pump at room temperature. The initial concentrations of the
H2SO4 and NaOH in the anode chamber and cathode cham-
ber, respectively, were both about 5% (by mass). The feed
flow rate was 12.12 L h21 (retention time 160 s) in all three

reactor compartments. The current applied by the DC power
supply was 2.5 A (approximately 74 A m22) in all batch
experiments. Figure 3 shows the numerical simulation results
of the outlet concentration profiles of acid and base with dif-
ferent Na2SO4 initial concentrations. The findings indicated
that the outlet concentrations of acid and base both increased
with time, and the numerical simulation results agreed well
with the experimental data. Figure 3c, d revealed a threshold
value of the outlet concentration in both the anode and cath-
ode chamber for long run times (acid: approximately
604,800 s, equivalent to 1 week; base: 105 s, approximately
1 day) in the numerical simulation. This threshold exists
because the concentration of Na2SO4 in the middle chamber
along with the concentration difference on both sides of the
ion-exchange membrane decreased with the passage of time
for the migration and diffusion to the adjacent chambers
through the membrane, which increased the osmotic pressure

Table 2. The Values of the Model Parameters

Parameter Value References

Vcat (volume of the cathode chamber) 0.54 L In this work
Van (volume of the anode chamber) 0.54 L In this work
Vmid (volume of the middle chamber) 0.54 L In this work
VT (volume of the reservoir) 0.16 L In this work
da, dc, dm (average thickness of the membrane) 0.2 mm In this work

Am (effective surface area of the membrane) 338 cm2 In this work
ti,m (ion transport number in the membrane, i 5 1, 2 and refer to

Na1 and SO 22
4 , respectively)

t1,m 5 0.85 15
t2,m 5 0.95

ti (ion transport number in the corresponding aqueous solution,
i 5 1, 2 and refer to Na1 and SO 22

4 , respectively)
t1 5 0.39 32

t2 5 0.63
D1,m (diffusion coefficient of Na1 in the membrane) 10210 m2 s21 33
D2,m (diffusion coefficient of SO 22

4 in the membrane) 10211 m2 s21 33
d (thickness of the diffusion boundary layer) Approximately 2 mm 34
h (hydrogen coverage) 0.1 35
h*(the coverage of SAOH�ads) 0.01 24
A2, b1 (symmetry factor) a2 5 b1 5 0.5 In this work
ic,o (exchange current density of the cathode) 5.25 3 1023 A cm22 36
ia,o (exchange current density of the anode) 1025 A cm22 37

Table 3. Calculated Overall Potential Distribution Across the Stack

I (A) Eeq (V) gc (V) ga (V) IRm (V) IRs (V) Ecal (V) Eex (V)

1.5 1.23 0.11 0.55 0.0021 0.82 2.71 3.00
2.0 1.23 0.12 0.56 0.0028 1.09 3.01 3.20
2.5 1.23 0.14 0.58 0.0034 1.37 3.31 3.40
3.0 1.23 0.15 0.59 0.0041 1.64 3.60 3.70

Parameter Equation References

jm,CEM (X cm21)
jm5 1

rm
5
ð1420:63423iÞexp 4:18 T2303

Tð Þ½ �
181:6½110:03i10:062 T

303ð Þ
2
i2:5 �

28

jm,AEM (X cm21) jm5 1
rm

5
ð2320:63423iÞexp 4:18 T2303

Tð Þ½ �
181:6½110:03i10:062 T

303ð Þ
2
i2:5 �

28

jo (NaOH) (X cm21) (t 5 25�C) jo5KCb5 K8ðtÞ2AðtÞ m0:5

11Bm0:5

h i
Cb 27

K�(t) 5 0.006936t213.872t1148.3

A(t) 5 0.01018t210.67421t156.76, B 5 0.2

jo (H2SO4) (X cm21) (t 5 25�C) jo5KCb5 K8ðtÞ2AðtÞ m0:5

11Bm0:5

h i
Cb 27

K�(t) 5 20.01985t217.421t1283.3
A(t) 5 0.09194t2163.37t11869, B 5 11.5

jo (Na2SO4) (X cm21) (t 5 25�C) jo5KCb5 K8ðtÞ2AðtÞ m0:5

11Bm0:5

h i
Cb 27

K�(t) 5 0.009501t212.317t166.58

A(t) 5 0.02388t214.509t1135.5, B 5 2.2

C0,H2SO4 5 0.4 mol L21, C0,NaOH 5 0.4 mol L21, C0,Na2SO4 5 1.0 mol L21, feed flow rate was 24.84 L h21 and t 5 25�C. Ecal is the calculated overall poten-
tial, and Eex is the experimental value.
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and restrained the migration of ions through the membranes.
Therefore, for long running times, a threshold value could be
reached. The time required to reach the threshold value was
different for the acid and base most likely due to the differ-
ence in the migration and diffusion rates.

In the following experiments, the feed flow rate of all
electrolyte solutions into the corresponding chambers were
the same for the same batch tests but differed by batch (Fig-
ure 4). The other operating parameters were not changed.
The initial concentrations of Na2SO4, H2SO4, and NaOH
were approximately 1.0, 0.40, and 0.40 mol L21, respec-
tively. The current applied was also 2.5 A. In addition, the
current is the driving force of the electromigration of
charged species in the membrane electrolysis process. So, in
another experiment, the numerical simulation results with
different current densities were compared with the experi-
mental data, as shown in Figure 5. The other operating
parameters were also unchanged. The initial concentrations
of Na2SO4, H2SO4, and NaOH were approximately 1.0, 0.40,
and 0.40 mol L21, respectively. The feed flow rate was
24.84 L h21. Both Figures 4 and 5 readily showed that the

simulation results agreed well with the experimental data.
Therefore, all results of the computer predictions with differ-
ent controlled single variables presented above agreed well
with the experimental data, validating the capability of the
developed model for mass transfer.

Current efficiency and optimization

A mathematical expression of the acid or base outlet con-
centration can be obtained using Wolfram MathematicaVR 8
to solve the differential equations in the mass transport
model (from Eqs. 34 to 39). The computer predictions of the
current efficiency with different operating conditions are
shown in Figure 6.

The effect of the initial concentration of Na2SO4 on the
current efficiency of acid or base production was shown in
Figure 6a, b. These simulated results indicated that the cur-
rent efficiency increased with the increase in the initial con-
centration of sodium sulfate, possibly because of an apparent
increase in the conductivity of the electrolyte solution due to
the increase of Na2SO4 concentration according to Eq. 28,
which promotes the electromigration of the ions.

Figure 3. Acid and base outlet concentration profiles for different Na2SO4 initial concentrations in the middle
chamber.

(a) The outlet concentration profiles of H2SO4 in the anode chamber compared with the experimental data and (b) The outlet con-

centration profiles of NaOH in the cathode chamber compared with the experimental data. (c) and (d) The outlet concentrations

of acid and base, respectively, with a long running time in numerical simulations. [Color figure can be viewed in the online issue,

which is available at wileyonlinelibrary.com.]
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Additionally, an increase in the concentration gradient across
the ion-exchange membrane is advantageous to the diffusion.
This result can also be obtained from mathematic model
inference. As mentioned in Eq. 33, the ion flux through the
ion-exchange membrane was the sum of the migration and
diffusion. The concentration difference DC in Eq. 33 was
equivalent to C1;mid 2C1;cat 22iðt1;m2t1Þd=D1F. Thus, a high
value of C1,mid will result in an increase in DC and enhance
the diffusion. But, after a long-time running, the current effi-
ciency of regeneration will be apparently decreased with the
passage of time. One possible reason is that there exists a
limiting value of regenerated product’s concentration, which
has been validated by the results in Figure 3, and some liter-
atures also reported the similar phenomenon.38,39 Therefore,
with the increase of the concentration of NaOH in the cath-
ode chamber, the sodium ions will probably diffuse reversely

into the middle chamber due to the enlarging concentration
gradient on both sides of the ion-exchange membrane. Con-
versely, the average current efficiency of regeneration agreed
with the simulated results as shown in Figure 6g.

The effect of feed fluid flow rate on the current efficiency
of acid and base generation was shown in Figure 6c, d,
respectively. The results indicated that both the current effi-
ciency of sulfuric acid and sodium hydroxide generation
were higher at a feed flow rate of 12.12 L h21 (retention
time 160 s) and 18.48 L h21 (retention time 105 s) than
those at a feed flow rate of 5.70 L h21 (341 s). This phe-
nomenon could be explained as follows. The microbubbles
formed by the oxygen and HERs at the interface of electro-
des accumulated and formed larger bubbles in the electrolyte
bulk for low feed flow rate, increasing the electrolyte’s
resistance due to the larger value of the void fraction e in

Figure 4. Acid and base outlet concentration profiles at different feed flow rates (5.70, 12.12, 18.48, and 24.84 L
h21, equivalent to retention time of 341, 160, 105, and 78 s, respectively).

(a) Outlet concentration profiles of H2SO4 in the anode chamber compared with the experimental data and (b) Outlet concentra-

tion profiles of NaOH in the cathode chamber compared with the experimental data. [Color figure can be viewed in the online

issue, which is available at wileyonlinelibrary.com.]

Figure 5. Acid and base outlet concentration profiles at different current densities.

(a) Outlet concentration profiles of H2SO4 in the anode chamber compared with the experimental data and (b) Outlet concentra-

tion profiles of NaOH in the cathode chamber compared with the experimental data. [Color figure can be viewed in the online

issue, which is available at wileyonlinelibrary.com.]
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Eq. 27 and decreasing the effective reaction area of the elec-
trodes.40 On the contrary, the microbubbles could be quickly
removed when the stirring rate was high. Generally, the
mass transport number increases with the decrease in the

thickness of the boundary layer due to the increasing stirring
rate. However, as the stirring rate increases, the thickness of
the boundary layer reaches a critical value. In this case, the
mass transport number will not be changed significantly.41

Figure 6. Computer predictions of the current efficiency with different operating conditions.

(a) and (b): the current efficiency for acid and base with different initial Na2SO4 concentrations, the initial acid and base concen-

trations were both 5% (by mass), the feed flow rate was 12.12 L h21 (retention time 160 s) in all three compartments, and the cur-

rent was 2.5 A. (c) and (d): the current efficiency for acid and base with different feed flow rates, Co,H2SO4 5 0.4 mol L21,

Co,NaOH 5 0.4 mol L21, Co,Na2SO4 5 1.0 mol L21, t 5 25�C, and the current was 2.5 A. (e) and (f): the current efficiency of acid

and base with different current density, Co,H2SO4 5 0.4 mol L21, Co,NaOH 5 0.4 mol L21, Co,Na2SO4 5 1.0 mol L21, t 5 25�C, and

feed flow rate was 24.84 L h21 (retention time 78 s). (g)–(i): comparisons of average current efficiencies between experiments and

simulated results. [Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Table 4. Performance Comparison Between the Designed Reactor in This Study and Mainstream Technologies of Chlor-Alkali

Industry

Current density (A m22) Cell voltage (V) Current efficiency (%) Predominant market

In this study (simulation, 25�C) 74.0 3.5–3.9 80–90 % (NaOH) –
In this study (experiment, 25�C) 74.0 3.5–3.9 84% (NaOH) –
Mercury cell process44 104 � 4.0 70–98% (depending on

the technology used)
Western Europe

Diaphragm cell process44 2–3 3 103 3.0–3.6 USA
Membrane cell process44 5 3 103 � 3.0 Japan
F. Farzami et al.45 2 3 103 76 % (25�C)288 % (75�C) Lab-scale
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When a feed flow rate is above the critical value, the bulk
solution will be highly turbulent, which results in an appa-
rent barrier of mass transfer along the x-axis at the interface
of the electrodes and membranes. Practically, in Figure 6h,
the experimental results also showed the similar trends with
the results of simulation for alkali-sorbent regeneration.
Therefore, it is not advantageous to apply a low feed fluid
flow rate, and an overly high feed fluid flow rate hinders
H2SO4 production, as shown in Figure 6c, while the decay
of the current efficiency was not large for NaOH regenera-
tion at high feed fluid flow rates both in experiments and
numerical simulations, as shown in Figure 6d, h.

Furthermore, in Figure 6e, f, applying an appropriate cur-
rent density produces a higher current efficiency, and all
average current efficiencies under different current densities
in the experiments agreed well with the numerical simulation
results, as shown in Figure 6i. It is worth noticing that exces-
sively high current density has negative effects on the per-
formance of the electromembrane reactor. Because the
bubble formation rate is dependent on the applied current
density,42 then rapid bubble formation may increase the gas
void fraction leading to the increase in the resistances of the
bulk solution and result in the drop in efficiency. Another
possible reason of the performance reduction is that an
increasing part of the total electrical energy is consumed to
overcome the electrical resistances with the increase of the
current density as reported by literatures.43,44

From the results of the computer predictions and compari-
sons to the experimental data mentioned above, it was con-
cluded that a high concentration of Na2SO4 and an
appropriate feed flow rate and current density would lead to
an optimal performance of the lab-scale electromembrane
reactor. Even more appealing, the current efficiency of
NaOH regeneration could be as high as 80–90% in the com-
puter predictions at a certain feed flow rate (24.84 L h21), as
shown in Figure 6f, which is close to or higher than the
average current efficiency of industrial or some lab-scale
chlor-alkali reactor reported in literatures, as shown in Table
4. To verify this conclusion and the applicability of the opti-
mization computations, experiments using the same condi-
tions as in the computer prediction (conditions of Figure 6e,
f) were performed. The experimental results, shown in Fig-
ure 7, indicated that the current efficiency of NaOH regener-
ation could be as high as approximately 84% and that the
current efficiency of H2SO4 could reach 87%. This finding
strongly indicates that the model proposed in this article for
optimization is applicable and the method has the potential
for further scale-up and application.

Estimate of energy consumption and production cost

The analysis of each produced commodity product associ-
ated with the energy consumption was provided in Table 5.
The results indicated that the electricity requirement per tons
of NaOH and H2SO4 was 3159.76 and 2657.31 kWh,

Figure 7. Current efficiency as a function of current density.

The other conditions were as follows: Co,H2SO4 5 0.4 mol L21, Co,NaOH 5 0.4 mol L21, Co,Na2SO4 5 1.0 mol L21, t 5 25�C, and the

feed flow rate was 24.84 L h21 (retention time 78 s). [Color figure can be viewed in the online issue, which is available at wileyonli-

nelibrary.com.]

Table 5. Energy Consumption and Economic Analysis of the Designed Process

Results Regeneration of NaOH Sulfuric acid production Hydrogen production Oxygen production

Current efficiency 84.08% 79.35% 74.22 % 72.04 %
Energy consumption 3159.76 kWh/t 2657.31 kWh/t 10.33 kWh/m23 21.29 kWh/m23

Price of off-peak
electricity ($/kWh)

0.04 0.04 0.04 0.04

Total cost for productiona 777.64 RMB/T NaOH
(126.39 $/t NaOH)

653.97 RMB/T H2SO4

(106.29 $/t H2SO4)
0.41 $/m23 H2

(5.06 $/kg H2)
0.85 $/m23 O2

(0.65 $/kg O2)

Operating parameters: i 5 74.0 A m22, Cell voltage 5 3.5 V, C0,H2SO4 5 0.4 mol L21, C0,NaOH 5 0.4 mol L21, C0,Na2SO4 5 1.0 mol L21, feed flow rate was
24.84 L h21 (retention time: 78 s) and t 5 25�C.
The central parity of the exchange between RMB and USA dollars is 615.27 for every 100 USA dollars from the State Administration of Foreign Exchange,
People’s Republic of China, March 14, 2014.
The energy consumption E (kWh kg21) can be obtained as follows: E5

Ð
UIdt

CtVM

a$0.04/kWh represents very-low-cost/off-peak electricity price for economic analyses.
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respectively, and the cost of NaOH regeneration was approx-
imately 777.64 RMB/t NaOH (126.39 $/t NaOH), which is
significantly lower than the average market price (3250–
3300 RMB/t of 99% NaOH) in East China in September
2013. What is more appealing is that the cost of hydrogen
production in this electromembrane reactor is $5.06/kg H2

by using low-cost valley electricity, which is lower than the
hydrogen selling price of $19.01/kg H2

46 and slightly below
the average industrial production cost of hydrogen ($6.92/kg
H2

47). Conversely, the current efficiency of each product
were all above 70% and as high as about 84% for NaOH
regenerating process under the selected operating parameters.

Case calculation

A case calculation of a power generating unit with the
capacity of 300 MW was illustrated in Scheme 1. The power
generation boiler, manufactured by DongFang Boiler Group
Co., consumes coal of 114.3 t/h as designed. The amount of
SO2 emission can be estimated by Eq. 45, according to the
Chinese National Standards (HJ/T 69–2001)

KSO 2
50:2Sar � P � ð12gÞðkg =t coal Þ (45)

where Sar is the percentage of sulfur content in the coal; P,
with the value of 80 when Sar is equal to 1%, is the content
of combustible components in total sulfur; and g is the effi-
ciency of the FGD. As shown in Scheme 1, the results of
case calculation indicated that regenerating 2.06 t NaOH per
hour would produce 2.52 t sulfuric acid, 51.44 kg hydrogen,
and 411.48 kg oxygen. Based on these calculation results,
approximate 220,000 t H2SO4 could be theoretically pro-
duced per year while approximate 576.49 Nm3 hydrogen
could be produced per hour, which hints the possibility of
profit.

Conclusions

In conclusion, an efficient method was proposed to elec-
trochemically regenerate NaOH sorbent and realize resource
recovery of sulfur and clean energy production from FGD
residuals. The optimization computations were then validated
by experiments, which indicated that the current efficiency
of alkali-sorbent regeneration could reach approximately
84% and the sulfur recovery as H2SO4 could reach 87%.

These results showed a comparable or higher current effi-
ciency than that of industry chlor-alkali reactors (�80% on
average). Additionally, the procedure was a green electro-
chemical process and a potential way to dispose of FGD
residuals. The cost could be greatly reduced using the inher-
ently free surplus electricity of the power plant or low-cost
valley electricity. The regenerated alkali-sorbent could be
recycled in FGD process to improve the efficiency of desul-
furization and the produced sulfuric acid is also a valuable
by-product. Meanwhile, the air productions (oxygen and
hydrogen) could make the process profitable.
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